Glycerol is a potential feedstock to produce 1,3-propanediol (1,3-PDO), which is a valuable commercial polyester monomer. Here, we report the gas-phase glycerol hydrogenolysis to 1,3-propanediol over Pt/ WO 3 /Al 2 O 3 in a fluidized bed operating above 240 C and at ambient pressure. Fluidized beds are ideal contactors for this reaction because the heat transfer rates are sufficiently high to vaporize glycerol thereby minimizing its combustion and thermal degradation. The yield of 1,3-PDO approached 14% after 2 h at 260 C. The major co-products were 1,2-PDO (18%), 1-propanol (28%) and 2-propanol (15%). In the first step, glycerol may dehydrate to acrolein, followed by rehydration to 3-hydroxypropanal and then hydrogenation to 1,3-PDO. The concentrations of the by-products including acrolein, ethylene glycol, propane, and acetone increased with increasing temperature.
Introduction
Substituting fossil resources with renewable biomass to produce biofuels, chemicals, and bioplastics remains a priority for many countries. 1, 2 Glycerol is a by-product of the transesterication of vegetable oils and animal fats to biodiesel.
3 As a consequence of government mandates to blend biodiesel with petro-diesel, glycerol has ooded traditional markets. These markets are incapable of absorbing the increased availability, so the price of glycerol has dropped. 4 The lower price makes it an attractive feedstock for other chemicals such as 1,2-propanediol (1,2-PDO) and 1,3-propanediol (1,3-PDO).
4,5
1,3-PDO is a monomer for polytrimethylene terephthalate (PTT) together with terephthalic acid, that has unique properties for a wide range of end-uses; it has superior stretching and elastic recovery compared to nylon and that is difficult to achieve with other glycol based polyesters. The global value of the 1,3-PDO market was USD 310 million in 2014 and it is likely to reach USD 620 million by 2021 with a compound annual growth rate of 10.4% between 2014 and 2021. 6 Growing demand for PTT for end-uses in polyurethane, cosmetics, personal care and cleaning products 7 and increasing consumer preference for biobased chemicals is expected to drive 1,3-PDO growth. 8 It can also be used as a constituent of engine coolants, food and beverages, de-icing uids, heat-transfer uids, and unsaturated polyester resins.
In 1990, Shell developed catalytic technology to convert ethylene oxide to PDO, which led to the Corterra® brand of thermoplastic polyesters. DuPont produces Sorona® brand polymers from PDO and terephthalic acid and they also partnered with Tate and Lyle to produce PDO from corn (via a fermentation process) and captured 89% of the total market in 2014.
9 Asia Pacic will be the fastest growing market, as many Chinese manufacturers will begin commercial production of 1,3-PDO in the coming years.
Yields of 1,2-PDO from glycerol hydrogenolysis are highest with bifunctional catalysts including a hydrogenation metal and an acid co-catalyst.
10-12 Producing 1,3-PDO is more challenging. The ratio of 1,2-PDO/1,3-PDO can be controlled by selectively cleaving the C-O bond of the primary or secondary hydroxyl groups of glycerol, which mostly depend on the type of catalyst. 
23,24
Homogeneous catalytic processes suffered from a catalyst separation problem and liquid phase heterogeneous catalytic processes need high pressure. We report the gas phase glycerol hydrogenolysis over a Pt/WO 3 /Al 2 O 3 catalyst in a uidized bed at 260 C and at atmospheric pressure, producing 14% 1,3-PDO.
Glycerol conversion and PDOs' selectivity over the Pt/WO 3 /Al 2 O 3 catalyst are related to the physicochemical properties of the catalyst.
Experimental

Catalyst preparation
We prepared the Pt/WO 3 
Catalyst characterization
An Autosorb-1 system (Quantachrome Instruments) recorded the N 2 adsorption/desorption isotherms to give textural properties (surface area, pore volume, and pore size distributions). The samples were degassed at T ¼ 200 C under vacuum for 3 h.
We calculated the specic surface area (SSA) following the multipoint Brunauer-Emmett-Teller (BET) procedure. A Philips Xpert diffractometer measured the X-ray diffraction pattern and crystallinity at room temperature (Cu anode (K ¼ 0.15406 nm) at 50 kV voltage and 40 mA current). It scanned 2q with a 0.020 step size. We identied the catalyst phases with JCPDS les. A JEOL JSM-7600TFE instrument scanned the surface of the catalysts and produced eld emission scanning electron micrographs. We mounted the samples on an aluminum support covered with double-sided adhesive tape. A laser scattering PSD analyzer (LA-950, Horiba) measured the particle size distribution of the catalyst. A TA-Q50 instrument recorded the thermogravimetric curves for the used catalysts. 20 mg samples of the catalysts were loaded onto a 10 mm aluminium crucible. The resolution of the balance was 0.1 mg. Prior to each experiment, we purged the samples with a 40 mL min À1 stream of nitrogen to remove volatiles adsorbed on the catalyst. Simultaneously, the furnace ramped the temperature at 10 C min À1 up to 300 C and remained constant for 15 min. We substituted nitrogen with oxygen while heating to 550 C with the same ramp conditions.
A Platinel II thermocouple placed 2 mm above the sample pan monitored the temperature. We evaluated the catalyst surface acidity by Fourier transform infrared spectroscopy with pyridine as the probe molecule. We placed samples in an infrared quartz cell, with CaF 2 windows and evacuated the chamber. Thereaer, we ramped the temperature in air to 150 C. We degassed the cell at the same temperature for 1 h then introduced pyridine into the cell aer returning to ambient temperature. All reported spectra were obtained by subtracting the spectrum of the activated catalyst (aer pretreatment but before pyridine adsorption) from those aer pyridine adsorption. We characterized the used catalyst aer 2 h reaction time to evaluate the effect of time on stream. In this case, we took out the used catalyst from the reactor without regeneration.
Experimental set-up
An ideal uidized bed operates isothermally and its radial concentration gradients are smaller than in packed beds. Mixing in micro-uidized beds is inferior to larger reactors, since the bubbles are smaller, but we consider that the temperature and concentration gradients of these beds are smaller than in comparable xed bed reactors. Whilst the smaller bubbles in micro-uidized beds reduce the overall mixing, they also reduce bypassing and for this reason conversion approaches 100% even in shallow beds of 10 mm. Atomizing gases and liquids into uidized beds increases the heat transfer rates by orders of magnitude in comparison with xed beds to derive the kinetics.
35,36
We loaded 2.8 g of the catalyst into a 30 mm long quartz tube with a 7 mm inner diameter housed in a stainless steel tube to operate at high pressure (Fig. 1) . A ceramic distributer in the middle of the tube distributed the gas uniformly across the diameter. A furnace heated the reactor to the set point (mostly 260 C for the initial catalyst reduction with H 2 ). A type-K thermocouple inside the bed monitored its temperature. Bronkhorst mass ow controllers (from 200 mL min À1 to 1000 mL min
À1
) maintained the gas ow rates. A syringe pump injected the aqueous glycerol solution (from 10% to 50%) via a 1/16 00 tube from the bottom of the reactor. The injector passed through the gas distributor and entered the catalyst bed at a height of 10 mm. Prior to the activity test, pure H 2 reduced the catalyst with a ow of 50 mL min À1 at 350 C for 1 h. Atomizing the liquid into uniform drops is important for operating the uidized bed: large droplets cause the catalyst to agglomerate and block the injector and/or accumulate on top of the grid. 35, 37 We examined several gas and liquid ow rates and glycerol concentrations to identify the optimum conditions. The total ow rate (Q Ar + Q H 2 + Q glycerol ) changed from 140 mL min À1 to 210 mL min À1 , which corresponds to a velocity 3 or 5
times that of the minimum uidization velocity (U mf ). To change the feed composition, we manipulated the feed rates of glycerol, hydrogen and Ar (the inert gas). Therefore to reach the desired H 2 /glycerol ratio, the mole fractions of the gases were modied according to the following:
-Ar/H 2 /glycerol/water (%) ¼ 3.2/81/9/1.8 to reach H 2 /gly ¼ 9.
-Ar/H 2 /glycerol/water (%) ¼ 3.8/84/6/1.2 to reach H 2 /gly ¼ 14.
-Ar/H 2 /glycerol/water (%) ¼ 4/90/5/1 to reach H 2 /gly ¼ 18.
-Ar/H 2 /glycerol/water (%) ¼ 3.6/92.4/3.3/0.7 to reach H 2 / gly ¼ 28.
A quench trapped all the condensables and the mist coming from the effluent gas and these were analyzed off-line using GC, GC-MS and HPLC. The gas products were monitored on-line using MS.
Product analysis
A Hiden QIC-200 quadrupole mass spectrometer monitored the partial pressure of the reaction products in real time. The mass spectrometer was calibrated before and aer the experiment with a mix of Ar, CO, CO 2 , H 2 O, CH 4 and H 2 at two concentrations close to the concentration of the reactor effluent.
A Bruker GC (equipped with Hyesep Q, Molsieve 5A with FFAP columns) and a Varian HPLC (Metacarb 87H column) analysed the glycerol, 1,3-PDO, 1,2-PDO, 1-PrOH, 2-PrOH as well as other degradation products.
The conversion of glycerol (X gly. ) as well as selectivities toward products (S p ) were calculated as follows; Â 100 (1)
Where: n in gly. and n out gly. are the molar ow rates of glycerol at the reactor's entrance and exit. In eqn (2), n p is the molar stream of each product. z p and z gly. represent the number of carbon atoms of the products and glycerol. (Fig. 2) . Both samples exhibit characteristic peaks of alumina. Peaks at 37.5 , 45.4 , 66.9 for 2q values were attributed to crystalline Al 2 O 3 . Diffraction peaks attributable to crystalline WO 3 were absent indicating that the tungsten species are uniformly distributed. Diffraction peaks of metallic or oxidized Pt phases were absent, indicating that the metal was well dispersed across the surface of the support, which agrees with the literature studies. 22 Aer the reaction, the XRD diffraction pattern was unchanged.
The surface morphology of the calcined Pt/WO 3 /Al 2 O 3 was examined using FE-SEM (Fig. 3) . A high magnication view of the catalyst shows that the particles were spheroidal. The surface was rough and the particles had a uniform diameter of approximately 80-120 mm. Catalyst assemblies were closely packed and no cracks were apparent on the grain surfaces.
Pyridine-IR analysis compared the strengths of the Lewis and Brønsted acid sites in PtWO 3 //Al 2 O 3 . Liquid pyridine was adsorbed on the catalyst at room temperature and desorbed at 150 C in a vacuum. The FT-IR spectra of the pyridine adsorbed catalysts were analyzed in the region of 1700 cm À1 to 1400 cm À1 .
Bronsted (B) acid sites exhibited typical bands centered at 1640 cm À1 and 1540 cm À1 , and Lewis (L) acid sites at 1460 cm À1 . The fresh catalyst showed bands at 1454 cm À1 corresponding to
Lewis acid sites and the other band observed at 1640 cm À1 is attributed to Brønsted acid sites. Although the total surface acidity is low, the Brønsted acid sites were the most apparent on Pt/WO 3 /Al 2 O 3 .
Hydrogenolysis
Glycerol hydrogenolysis is a multi-step process in which an acid dehydrates glycerol, and a heterogeneous catalyst hydrogenates the intermediates to 1,2-PDO and 1,3-PDO. Generally, the 1,2-PDO yield is higher than that of 1,3-PDO. Maximizing 1,3-PDO selectivity requires Brønsted acid sites to selectively dehydrate the secondary carbon hydroxyl bond. The acid plays a decisive role in eliminating a hydroxyl group, and a fast sequential hydrogenation prevents further dehydration. In this study, we tested three catalysts while varying the feed composition and temperature to identify the optimum selectivity. We analyzed the product stream aer a reaction time of 2 h. Here, we react glycerol in the vapour phase at 240 C to 300 C, at a hydrogen to glycerol ratio of 9 to 28, and WHSV between 0.09 and 0.14 h
À1
and at ambient pressure (Table 3) . Before atomizing the glycerol-water solution (a mass fraction of 20%), the catalyst was activated in a stream of H 2 at 350 C for 2 h.
The catalyst produced the most 1,3-PDO at 260 C. Both glycerol conversion and 1,3-PDO selectivity over the Pt/WO 3 / Al 2 O 3 catalyst depend on temperature, 16, 25, 32 (Fig. 4) . Glycerol conversion was generally very high and exceeded 98% above 260 C whereas 1,3-PDO selectivity reached a maximum at 260 C. 1,3-PDO product selectivity doubled from 6% to over 14% when we increased the temperature from 240 to 260 C.
However, it decreased at higher temperatures presumably due to subsequent hydrogenation to 1-PrOH and 2-PrOH. Further increasing the temperature to 300 C reduced the 1,3-PDO selectivity and increased by-products like 1,2-PDO, 1-PrOH and 2-PrOH. Similar results published over a bi-functional Pt/WO 3 / TiO 2 /SiO 2 catalyst in a batch reactor, explain how the increased temperature activates the terminal hydroxyl groups of glycerol. 25 1,2-PDO formed in parallel with 1,3-PDO and its selectivity was lower at all temperatures except 280 C (Fig. 4) . As with 1,3-PDO, it reached a maximum selectivity of 13% at 260 C. Other byproducts were 1-propanol and 2-propanol. We conrmed that these two compounds form directly from the hydrogenolysis of 1,3-PDO and 1,2-PDO. At 260 C, 1-propanol selectivity was 25%
and it increased with temperature to reach 38% at 300 C. 2-Propanol selectivity increased less and reached a maximum of 17% at 260 C.
The residence time varied from 0.43 s to 0.65 s (due to the change of total ow rate). However, in this study we conducted all experiments with a very high hydrogen ow, which is used as reactant as well as for uidization purposes. Therefore the results of selectivity show that the products were independent of residence time changes.
Other by-products including propane, propanal, acrolein, ethylene glycerol, acetone, methanol and hydroxyacetone were also detected. The hydroxyacetone, acetone, methanol and propane concentrations were highest at 240 C. CO and CO 2 formation increased with temperature from 240 C to 300 C.
Both glycerol conversion and product selectivities are independent of the H 2 /glycerol ratio over the Pt/WO 3 /Al 2 O 3 (Fig. 5) . Under each of the conditions, the selectivity to the diols and mono-alcohols were in the margin of error of the experimental data (Fig. 6) . We varied the H 2 /glycerol ratio from 9 to 29. We tested a WHSV of 0.09 h À1 and 0.14 h À1 .
Analysis of the used catalyst
The XRD patterns of the catalyst remained the same aer the reaction as did the morphology and the crystalline size (Fig. 2) . Crystalline Pt phases were absent aer the reaction, which suggests that the Pt species were well dispersed while reacting (Fig. 2) . The BET surface area of the catalyst decreased aer the reaction from 120 m 2 g À1 to 107 m 2 g À1 . The total pore volume dropped from 0.22 cm 3 g À1 to 0.20 cm 3 g À1 (Table 2) .
Based on FT-IR pyridine analysis both the concentration of the Lewis and Brønsted acid sites decreased aer the reaction (Fig. 7) . The ratio of Brønsted sites to Lewis acid cites was 1.18 aer the reaction. Future work will examine more closely the change in acidity with time on-stream as well as during the reoxidation process. Dalil et al. 38 have already demonstrated by FT-IR pyridine analysis on a WO 3 /TiO 2 catalyst that the strong acid sites were changing for up to 14 h during for the dehydration of glycerol to acrolein. During this time the selectivity to acrolein increased while the by-products decreased and the medium acidic and basic sites decreased.
Air regenerated the used catalyst in a TGA from which we derived the mass loss due to carbon that accumulated during the reaction (Table 4) . It was relatively insensitive to H 2 /gly: the ratio changed by a factor of 3 but only 25% more carbon evolved from the catalyst. The catalyst has a small proportion of basic sites that became coked with time but the catalyst was stable over all of the conditions. The pore volume and surface area changed slightly, which conrms that the catalyst is stable and carbon builds up on a small fraction of the catalyst.
Reaction mechanism
The two step dehydration-hydrogenation pathway to convert glycerol to 1,3-PDO is widely accepted. 22 In the rst step, glycerol dehydrates to 3-hydroxypropanal (3-HPA) and then hydrogenates in a second step to 1,3-PDO (Fig. 8, Path 2) . Over acidic catalysts, the double dehydration of glycerol gives acrolein, which could be the precursor for 3-hydroxypropanaldehyde (3-HPA) aer rehydration (Fig. 8, Path 1) . The second dehydration to acrolein and the rehydration would be an equilibrium, which depends on water partial pressure and temperature. This equilibrium stage is important: PDO selectivity increases with higher H 2 O partial pressure, and lower temperature (to limit the second dehydration) but this will also affect the rst dehydration. A detailed mechanism of acrolein formation with 3-HPA as an intermediate has been stated in our recently published work on glycerol dehydration over a WO 3 -TiO 2 catalyst.
37
The reaction mechanism includes 3-steps: (1) double dehydration of glycerol to acrolein, (2) rehydration of acrolein to 3-HPA, (3) hydrogenation of 3-HPA to 1,3-PDO (Fig. 8, Path 1) . We validated this mechanism by feeding intermediate products-1,3-PDO, 1,2-PDO, 1-PrOH, 2-PrOH, and acrolein-to the Pt/WO 3 /Al 2 O 3 catalyst under the same reaction conditions (Table 5 ). 1,3-PDO was less active than 1,2-PDO, the propanols, and glycerol but its selectivity to 1-PrOH was 62% versus 54%. This result accounts for the yield of 1,3-PDO being higher versus 1,2-PDO during glycerol hydrogenolysis. The selectivity of 1-PrOH from 1,2-PDO was higher than for 2-PrOH. During glycerol hydrogenolysis, the 1-PrOH yield continued to increase with temperature while the 2-PrOH reached a maximum selectivity of 17% at 260 C and dropped slightly to 15% at 280 C and 300 C (Fig. 6 ). These experiments demonstrate that glycerol hydrogenolysis follows a consecutive reaction pathway. To achieve high 1,3-PDO selectivity, we must suppress the consecutive reaction to 1-PrOH but more importantly the parallel reaction to 1,2-PDO. Also, 2-PrOH, propanal, acetone and ethylene glycol were produced in lower quantities from 1,3-PDO versus 1,2-PDO. Acrolein hydrogenolysis produced 9% 1,3-PDO, which conrms that 3-HPA is the probable intermediate for the diols. We observed the same products during the hydrogenolysis experiments with glycerol by GC and GC-MS: 1-PrOH, propane and CO, CO 2 , propanal, ethylene glycol and acetone.
Conclusions
We demonstrate a catalyst system-Pt/WO 3 /Al 2 O 3 -that converts glycerol to 1,3-PDO and 1,2-PDO in the gas phase at ambient pressure and elevated temperatures in a uidized bed reactor. The maximum yield of 1,3-PDO, the desired product, was 14%. It decreased with increasing temperature and produced more 1-PrOH. The other by-products were 2-PrOH, propanal, methanol, ethylene glycol, acetone, CO and CO 2 . The consecutive reaction rate of 1,3-PDO to 1-PrOH is low; the most important factor for increasing selectivity is to reduce the parallel reaction to 1,2-PDO. A proposed mechanism pathway shows that the reaction occurs via a double dehydration of glycerol -rehydration of acrolein -followed by metal supported hydrogenation to give 1,3-PDO.
